
Chemical Engineering Journal 146 (2009) 388–400

Contents lists available at ScienceDirect

Chemical Engineering Journal

journa l homepage: www.e lsev ier .com/ locate /ce j

Prediction of SO2 and NOx emissions for low-grade
Turkish lignites in CFB combustors

Afsin Gungor ∗

Department of Mechanical Engineering, Faculty of Engineering and Architecture, Nigde University, 51100 Nigde, Turkey

a r t i c l e i n f o

Article history:
Received 15 March 2007
Received in revised form 1 June 2008
Accepted 21 June 2008

Keywords:
Circulating fluidized bed
Modeling
Coal combustion
SO2 emission
NOx emission

a b s t r a c t

The CFB technology is widely used for combustion of coal because of its unique ability to handle low quality,
high ash, high sulphur and low heating value coals. This paper presents a modeling study of pollutant
emissions such as sulphur dioxide (SO2) and nitric oxide (NOx) resulting from coal combustion in a CFBC.
Using this model, overall SO2 and NOx emissions are predicted for the combustion of three different kinds
of low-grade Turkish lignites. The contents of these lignites are as follows: ash from 23.70% to 45.31%,
sulphur from 1.81% to 8.40% and calorific values (LHV) from 10,283 to 15,215 kJ/kg. The data is obtained
from two pilot scale CFBCs (50 and 80 kW) and an industrial scale CFBC (160 MW). The present study
proves that CFB combustion demonstrated by both experimental data and model predictions produces
low and acceptable level of SO2 and NOx emissions resulting from the combustion of low-grade lignites.
Developed model can also investigate the effects of different operational parameters on overall SO2 and

NOx emissions. As a result of this investigation, it is observed that increase of excess air decreases SO2 and
NOx emissions. However, NOx emission increases with the operational bed velocity while SO2 emission
decreases. A bigger inlet bed pressure value results in lower emissions of SO2 and NOx if other parameters
are kept unchanged.
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. Introduction

The use of fossil fuels in an energy production system should
e considered with its adverse effects on the environment. While
he energy consumption in the world increases gradually, pollutant
ases in atmosphere also increase. Because of that reason, there
re many studies in the literature using coal in energy production
o supply increasing energy demand as well as to minimize envi-
onmental pollution. An appropriate technology must be employed
o avoid the production of pollutants and other problems while

aximizing process efficiency [1–3].
CFB combustion is receiving wide research attention in view

ts potential as an economic and environmentally acceptable tech-
ology for burning low-grade coals. In addition to highly efficient
peration, a combustion system should comply with the require-
ent of minimizing environmental impact. The emission rate of
arious pollutants from the combustion of coal depends on fuel
nalysis, combustor design and operating conditions. Fluidized bed
ombustion allows clean and efficient combustion of coal. Design-
ng of the CFB combustor (CFBC) is very important because of
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urning coal with high efficiency and within acceptable levels of
aseous emissions. A good understanding of the combustion and
ollutant generating processes in the combustor can greatly avoid
ostly upsets. One of the major advantages of CFBCs is their effi-
iency for combustion of low-grade lignites [2,4,5].

For the reduction of pollutant emissions from coal-fired power
lants, numerous techniques, involving the staged input of fuel
nd air have been successfully applied. The application of these
echniques to industrial scale combustors necessitates combustion
arameters optimization that is extremely time-consuming and
xpensive. Mathematical modeling allows the testing of many vari-
ble combustion parameters in a much shorter time period and at
ower costs. Therefore, mathematical modeling application in the
FB combustion process to enhance combustion performance and
educe pollutants is seen as an attractive solution. Investigations
bout the CFB modeling have been carried out by many different
esearchers in the literature [1,3,6–15].

A detailed review of studies concerning CFB combustion and
heir modeling has been presented by Reh [2] who argues that

here must be a balance between the computational modeling
nd verification by experimental and operational results. It is
laimed that there has to be a cooperation between the plant
esigners–operators and the academia to provide a reliable basis of
xperimental data. The most important demands to be considered

http://www.sciencedirect.com/science/journal/13858947
http://www.elsevier.com/locate/cej
mailto:afsingungor@hotmail.com
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Nomenclature

Ar Archimedes number
C gas concentration (kmol/m3)
Ca/S calcium to sulphur ratio
c specific heat (kJ/kg K)
D bed diameter (m)
Db Equivalent bubble diameter (m)
Dg diffusivity coefficient for oxygen in nitrogen (m2/s)
d diameter (m)
dp particle diameter (m)
dpi particle dimension interval (m)
EA excess air
e emissivity
g gravity (m/s2)
Hb combustor height (m)
h overall bed to wall heat transfer coefficient

(W/m2 K)
hg convection heat transfer coefficient for gas phase

(W/m2 K)
hp convection heat transfer coefficient for particle

phase (W/m2 K)
hr radiative heat transfer coefficient (W/m2 K)
k rate constant (m/s)
ka attrition constant
kbe mass transfer coefficient (1/s)
kc char combustion reaction rate (kg/s)
kf fragmentation coefficient
kg gas conduction heat transfer coefficient (W/m/K)
kL reaction rate (1/s)
kvL volumetric reaction rate (kg/m2 s)
ṁ mass flow rate (kg/s)
mf feed rate (kg/h)
ṅ gas flow rate (mol/s)
P(f) particle size distribution function on a mass basis of

the fragments (1/m)
Pr Prandtl number
R reaction rate (mol/s, mol/cm3 s)
Rb bed radius (m)
Rg gas constant (kJ/mol K)
r radial distance from riser axis (m)
rmother radius of the mother particle (m)
Sg specific surface area of limestone particles (m2/kg)
Sh Sherwood number
T temperature (K)
Tmean mean bed temperature (K)
U0 superficial velocity (m/s)
Umf minimum fluidization velocity (m/s)
Uter terminal velocity (m/s)
u gas velocity (m/s)
V volatile yield
v particle velocity (m/s)
Xk char mass fraction, kg-char/(kg-bed material)
xa weight fraction of particles after attrition at dpi

interval

Subscripts
ash ash
b bed
burn burn
c carbon
e emission
g gas

p particle
s solid
wall wall

Greek letters
�ṁC carbon mass flow rate consumed from physi-

cal/chemical process (kg/s)
�ṅ gas flow rate consumed from chemical processes

(kmol/s)
�V volume of the cell (m3)
ˇ′ constant defined in Eq. (8)
ε void fraction
εb bubble volume fraction
�s limestone reactivity
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� particle density (kg/m3)
� Stefan–Boltzman coefficient (W/m2 K4)

or future efforts in research, design and operation of CFBC are
o improve multi-scale two-phase modeling in direction of the
mprovement of validation using CFB data bases. The improved

astery of CFBC design basics as a gas–solid reactor is still essential
16].

Basu [1] presented a comprehensive review of combustion of
oal in CFBs. In that study coal combustion models are grouped
nder three levels of details of sophistication: Level I: The simplest
odel is 1D with plug flow reactor, where solids are back-mixed

6,7]. The 1D models do not consider the solid flow in the annu-
ar region of the riser, where temperature, gas concentration
nd velocity can differ from that in the core, in which an up-
owing dilute region is considered. Level II: Core-annulus, 1.5D,
ith broad consideration of combustion and other related pro-

esses [8–12]. Level III: 3D model based on Navier Stokes equation
13–15].

Numerous experimental and theoretical studies about gaseous
missions in CFBCs are present in the literature [4,9,14–37]. Nitro-
en oxides are a major environmental pollutant resulting from
ombustion. The reactions of nitrogen oxides with carbons or chars
re of current interest with regard to their possible role in reduc-
ng NOx emissions from combustion systems. They also offer new
seful insights into the oxidation reactions of carbons, generally
17]. A large literature concerning these reactions has developed,
s evidenced in three reviews [18–20] and by the recent pub-
ication of many papers in the area [4,15–24,26,29,30,34]. These

orks have suggested considerable complexity in the mechanisms
f NOx reduction and a large variability in reported kinetics. There
re two approaches to describe NOx emission in CFB [26]. The
rst approach involves overall reaction (considering catalytic activ-

ty of CaO and char). The overall rate constants are measured
referably under CFB conditions [27]. The other approach is more
horough, and is based on actual chemical reactions whose rate con-
tants can be taken from literature [28]. For CFB only 106 reactions
ith 28 species were used to model the NOx emission. How-

ver, a detailed review shows that all N-related reactions have not
he same importance [29]. So instead of considering all N-related
eactions, one could use only the important reactions for the devel-
pment of a predictive procedure for the overall NOx emission from
CFBC.
Reducing SO2 emission from power plants is one of the main
ssues for the environmental protection. One of the advantages
f the circulating fluidized bed combustion technology of coal is
n situ SO2 capture by added sorbents, usually uncalcined lime-
tone (CaCO3). Numerous experimental and theoretical studies
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bout the sulphur retention in CFBCs are present in the literature
4,9,15,25,31–37]. Some models have already been proposed for
redicting the sulphur retention in CFBC, but there are important
ifferences between their sub-models, especially as far as the CFB
ydrodynamics is considered [4,15,31].

Because coal combustion in a CFB combustor directly is affected
y its hydrodynamic parameters, both hydrodynamic and combus-
ion models are treated simultaneously to yield a predictive model
or the CFB combustor. It has been widely accepted that a CFB com-
ustor may be characterized by two flow regimes: a dense bed at
he bottom and a dilute region above the secondary air inlet. There
re great differences in the hydrodynamics between the dense
ed and the dilute region. However, most of the models in the

iterature do not completely take account of the performance of
he dense bed, consider the dense bed as well-mixed distributed
ow with constant voidage, and use generally lumped formula-
ion [3,7–15,17–32,38]. Experimental evidence has been reported
y Svensson et al. [39], and Werther and Wein [40] that, the fluid
ynamical behavior of the dense bed is similar to that of bubbling
uidized beds. Furthermore, the results of studies of Leckner et al.
41] and Montat and Maggio [42] imply that the combustion of
oal, particles mixing and heat transfer in the dense bed dominate
he performances of CFB. This implies that, bottom zone should be

odeled in detail as two-phase flow. However, most of the models
n the literature do not completely take account of the performance
f the bottom zone, consider the bottom zone as well-mixed dis-
ributed flow with constant voidage, and use generally lumped
ormulation [3,7–15,17–32]. In the present study, the bottom zone
s modeled in detail as two-phase flow which is subdivided into a
olid-free bubble phase and a solid-laden emulsion phase [8,41,42]
hich constitutes a difference from the previous studies in the

iterature. Furthermore, the present model integrates and simulta-
eously predicts the hydrodynamics, heat transfer and combustion
spects.

The objective of the model presented in this study is to be able to
redict the pollutant emissions formation and destruction of dif-

erent low-grade Turkish lignites in various sizes of CFBCs. There
re considerable reserves of lignite in Turkey. Most of Turkish lig-
ite reserves are of low-grade lignites with a calorific value of about
2,000 kJ/kg, ash content of about 25–30% and average sulphur con-
ent of about <4%. The main problem for Turkish units running on
ignite is presented by the air emissions [43].

This paper presents a modeling study of pollutant emissions
uch as SO2 and NOx resulting from coal combustion in a CFBC.
sing this model, overall SO2 and NOx emissions are predicted for

he combustion of three different kinds of low-grade Turkish lig-
ites. The contents of these lignites are as follows: ash from 23.70%
o 45.31%, sulphur from 1.81% to 8.40% and calorific values (LHV)
rom 10,283 to 15,215 kJ/kg. The data is obtained from two pilot
cale CFBCs (50 and 80 kW) and an industrial scale CFBC (160 MW).
eveloped model can also investigate the effects of different oper-
tional parameters on overall SO2 and NOx emissions.

In the model, the CFB riser is analyzed in two regions: The bot-
om zone is modeled in detail as two-phase flow. In the upper
one core-annulus solids flow structure is established. Kinetics of
har combustion is modeled with a shrinking core model with
ixed control by chemical reaction and gas film diffusion, assuming

hat the ash separated once formed. The particle size distribution
ue to fuel particle fragmentation, char combustion and particle
ttrition is also considered. The volatiles are released in emulsion

hase in the bottom zone at a rate proportional to the solid mixing
ate. Model calculates the axial and radial distribution of voidage,
elocity, particle size distribution, pressure drop, gas emissions and
emperature at each time interval for gas and solid phase both for
ottom and upper zones.
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. Model description

The use of CFB modeling enables the analysis of a combus-
ion system involving fluid flow, heat transfer, and combustion
nd pollutant emissions. The two-phase fluid dynamics is of
reat importance for the design and operation of the CFBCs [2].
ecause of containing complex gas–solid flow and gas phase reac-
ions, modeling of CFBCs is rather difficult. The fluid dynamics
f this gas–solid two-phase flow is very complex and strongly
ominated by particle-to-particle interactions. Furthermore, the
umerous homogeneous and heterogeneous catalytic gas phase
eactions and their kinetics for the description of the combus-
ion phenomena and the emission formation and destruction
re not completely known. Therefore, it is necessary to develop
implified modeling approaches, which can describe both the
as–solid flow structure and the combustion process with suf-
cient accuracy. The main goal of the modeling of CFBCs is
o constitute a system that maximizes combustion efficiency,
nd minimizes operating and investment costs and air pollutant
missions.

Based on previous work on dynamic 2D coal combustion mod-
ling of CFBCs [34], a modeling study of pollutant emissions
esulting from coal combustion in CFBCs is present in this study.
he present CFBC model can be divided into three major parts: a
ub-model of the gas–solid flow structure; a reaction kinetic model
or local combustion and a convection/dispersion model with reac-
ion. The latter formulates the mass balances for the gaseous
pecies and the char at each control volume in the flow domain.
inetic information for the reactions is supplied by the reaction
inetic sub-model, which contains description of devolatilization
nd char combustion, and emission formation and destruction,
espectively.

.1. Hydrodynamics structure

Combustor hydrodynamic is modeled taking into account pre-
ious work [44]. According to the axial solid volume concentration
rofile, the combustor riser is axially divided into two different
ones: The bottom zone is located between distributor plate and
econdary air supply and the upper zone is located between sec-
ndary air supply and riser exit.

.1.1. Bottom zone
As mentioned above, most of the models in the literature do not

ompletely take account of the performance of the dense bed, con-
ider the dense bed as well-mixed distributed flow with constant
oidage, and use generally lumped formulation [3,7–15,17–32]. In
his study, the bottom zone is modeled in detail as two-phase flow.

In the literature, Leckner et al. [41], Palchonock et al. [45] and
uilin et al. [46] claim that this zone could be explained by the
resence of bubble-like voids that characterizes the gas flow. On
he other hand, it is not clear whether the bed is more behav-
ng as a bubbling fluidized bed or is in the turbulent fluidization
egime. Schlichthaerle and Werther [47] are concluded that in the
ore region turbulent fluidization is more probable whereas the
all region is rather a dense bubbling fluidized bed. Werther and
ein [40] described the expansion behavior of the turbulent CFB

ottom zone by a model that is based on modified equations which
ere originally developed for conventional bubbling fluidized beds.

hese results lead to the conclusion that in the bottom zone of CFB

eactors another two-phase flow structure is established with a
olid-rare bubble phase and a solid-laden emulsion phase. In the
odel, the flow domain is subdivided into n control volumes that

ach one has a solid-rare bubble phase and a solid-laden emulsion
hase. The bubble rise velocity, the bubble volume fraction and the
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increases with increasing superficial gas velocity and decreasing
riser diameter [53]. ˇ′ value is taken as 1.3 in the model calculations
which statically best fits to the experimental data for small-scale
CFBCs [43]. The pressure drop through the bottom zone is equal to
Fig. 1. A single-pha

uspension porosity is calculated by Horio [48] as follows:

b = V̇b

ub
(1)

˙ b = ϕ(U0 − Umf) (ϕ = 1.45Ar−0.18, 102 < Ar < 104) (2)

b = V̇b + �
√

gDb (3)

�

0.71
=

{
0.63 (D < 0.1 m)
2.0

√
D (0.1 m < D ≤ 1.0 m)

2.0 (1.0 m < D)
(4)

here Db is the bubble diameter [49] and Umf is the minimum flu-
dization velocity [50]. A single-phase back-flow cell model is used
o represent the solid mixing in the bottom zone. The overall mate-
ial balance for the solids in the ith control volume, in terms of the
ackmix flow (Fig. 1) in emulsion and bubble phases, ṁe,i and ṁb,i

s given by the following equation:

dm

dt

)
i
= ṁb,i−1 − ṁb,i + ṁe,i+1 − ṁe,i − ṁburn,i + ṁash,i (5)

A two-phase model is used for gas phase material balance
Fig. 2). The material balance for the gas phase in the ith control
olume for emulsion and bubble phases are given below, respec-
ively:

dnk

dt

)
e,i

= ṅe,k,i−1 − ṅe,k,i − kbe �Viεb,i(Ce,k,i − Cb,k,i) + �ṅe,k,i

(6)

dnk

dt

)
b,i

= ṅb,k,i−1 − ṅb,k,i + kbe �Viεb,i(Ce,k,i − Cb,k,i) + �ṅb,k,i

(7)

here ṅk indicates the gas flow rate of gas components (volatile
ases, O2, CO, CO2, SO2, NOx, and water vapor in the emulsion phase
nd O2, CO2, SO2, and NOx in the bubble phase, respectively), Vi is
he volume of the ith control volume. The interchange coefficient,
be, between the bubble and the emulsion phases is a function of
he bubble diameter and varies along the axis of the bottom zone

nd is calculated by Rajan and Wen [51].

.1.2. Upper zone
Core-annulus flow structure is used for the upper zone [52].

hickness of the annulus varies according to the bed height [40]. A
k-flow cell model.

athematical expression proposed by Smolders and Baeyens [52]
or describing the characteristic S-shaped voidage distribution is
sed to predict the bed density in the model. Solid volume fraction
as an approximately parabolic form and is considered as follows
53]:

εp

ε̄p
= 1 − ˇ′

2
+ ˇ′

(
r

Rb

)2
(8)

here the value of ˇ′ falls in the range of 1.3 ≤ ˇ′ ≤ 1.9 and ˇ′
Fig. 2. Two-phase model for the gas phase.
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he weight of the solids in this region and considered only in axial
irection.

In the upper zone, pressure drop due to the hydrodynamic head
f solids is considered in axial direction while having determined
he voidage and velocity profiles of solids, pressure drop due to
olids acceleration is also considered in axial and radial directions.

Developed hydrodynamic model in the previous work [44] takes
nto account the axial and radial distribution of voidage, veloc-
ty and pressure drop for gas and solid phase, and solids volume
raction and particle size distribution for solid phase. The model
esults are compared with and validated against atmospheric cold
ed CFB units’ experimental data given in the literature for axial
nd radial distribution of void fraction, solids volume fraction and
article velocity, total pressure drop along the bed height and radial
olids flux. Ranges of experimental data used in comparisons are as
ollows: bed diameter from 0.05 to 0.418 m, bed height from 5 to
8 m, mean particle diameter from 67 to 520 �m, particle density
rom 1398 to 2620 kg/m3, mass fluxes from 21.3 to 300 kg/m2 s and
as superficial velocities from 2.52 to 9.1 m/s.

.2. Kinetic model

The combustor model takes into account the devolatilization
f coal, and subsequent combustion of volatiles followed by resid-
al char. As a result of the experimental studies carried out using
arious types of Turkish lignite, it is known that volatilization prod-
cts enter the upper region in fluid beds working at slower rates
han CFBs [54–56]. Experiments with CFBs give the same results.
herefore, the transition of these products should be taken into
onsideration in modeling. In the model, volatiles are entering
he combustor with the fed coal particles. It is assumed that the
olatiles are released in emulsion phase in the bottom zone of the
FBC at a rate proportional to the solid mixing rate. The degree of
evolatilization and its rate increase with increasing temperature.
he composition of the products of devolatilization in weight frac-
ions is estimated from the correlations proposed by Loison and
hauvin [57].

The bed material in the combustor consists of coal, inert parti-
les and limestone. The properties and size distribution of particles
ave significant influence on the hydrodynamics and combustion
ehavior in the CFBC [10]. The model also considers the particle size
istribution due to fuel particle fragmentation [58,59], char com-
ustion [11] and particle attrition [60]. Particles in the model are
ivided into 10 size groups in the model. The Sauter mean diam-
ter is adopted as average particle size. Particles in the bottom
one include particles coming from the solid feed and re-circulated
articles from the separator.

In CFBCs, fragmentation of coal particles in a fluidized bed occur
ithin a few seconds after injection of the particles into the bed
ue to build-up of thermal and devolatilization-induced stresses
58,59]. In the model, the effects of particle fragmentation are taken
nto account in terms of a fragmentation constant (kf), and a distri-
ution function (Pf) of fragments, where fragmentation constant is
onsidered as follows [61]:

f = 3.25 × 10−6

rmother
(9)

Kinetics of char combustion is modeled with a shrinking core
ith attiring shell, i.e. the dual shrinking core model (assuming that

he ash separated once formed) with mixed control by chemical

eaction and gas film diffusion. The rate at which particles of size ri
hrink as follows [11]:

(ri) = −dri

dr
= 12CO2

�Xk,i(1/kc,i + dp,i/ShiDg)
(10)

t
g
[

t

ournal 146 (2009) 388–400

The term CO2 indicates the effective oxygen concentration seen
y the char particles burning at any point of the combustion cham-
er. The kinetic constants for the different kinds of low-grade
urkish lignites used in the model are determined by [54–56].

Weight fraction of particles after attrition is considered as fol-
ows:

a = ka(u − v)
dpi

(11)

here ka is the attrition constant and is obtained varying in the
ange 2–7 × 10−7 with a superficial gas velocity of 4–6 m/s and a cir-
ulating solids mass flux from 100 to 200 kg/m2s [10]. In the model,
he attrition constant value is taken as 2 × 10−7 for the coal parti-
les in the model calculations in both bottom zone and upper zone
nd the attrition constant value of the coal ash particles is taken as
.7 × 10−7 [54,55].

.2.1. SO2 emission
Oxides of sulphur produced in burning the coal may be retained

n solid form by reaction with particles of limestone or dolomite
hich is directly fed to the CFBC together with the solid fuel. At

he combustion temperatures, usually in the range of 800–900 ◦C,
he CaCO3 calcines to CaO and CO2. The porous alkaline solid, CaO,
roduced by the calcination of limestone reacts with SO2:

aO + SO2 + 1
2 O2 → CaSO4 (12)

Based on the stoichiometry of the sulphur capture reaction with
alcium oxide, a theoretical limestone feed of one mole calcium
er mole of sulphur would be enough for complete sulphur cap-
ure. However, the molar volume of the reaction product CaSO4 is
bout three times greater than the molar volume of CaO, there-
ore complete conversion of the adsorbent particle is impossible,
ecause sulphation only proceeds at the outer shell of the CaO par-
icle [62] and formation of CaSO4 causes pore mouth closure and
eaction stops before all the CaO is consumed by the reaction [63].
his sulphation pattern is commonly referred to as the unreacted-
ore model [64–66]. The Ca utilization of limestone is known to
e highly dependent on the flue gas temperature and particle size.
everal researchers have found that increasing particle size reduces
he utilization significantly, and that the sulphur capture capacity
asses through a maximum at temperatures between about 800
nd 850 ◦C [67–69]. As a result, Ca/S mole ratio is usually chosen
etween two and four in a classical fluidized bed combustor [70].
n the other hand, high SO2 retention efficiencies were obtained

or Ca/S mole ratios of less than two in a circulating fluidized bed
ombustor [71].

In CFBC the SO2 generation and retention processes take place
imultaneously in the bed [61]. In the model, it is also assumed that
he particle size of limestone particles change during the sulpha-
ion reaction and the attrition of limestone particles are taken into
ccount. Moreover, the estimation of limestone particles is assumed
nstantaneous. The chemical reactions with their corresponding
eaction rate for SO2 retention regarding the gas temperature and
article size are given in Table 1.

.2.2. NOx emission
It was shown in the literature that [74,75] rather low NOx

missions are obtained by staged combustion in a fluidized bed
ombustor. By the use of primary and secondary air injected at
ifferent locations in a circulating fluidized bed combustor, its

emperature and combustion atmosphere is well-regulated and
enerally low NOx emissions of about 150–350 ppm are reported
76].

It is crucial to well evaluate the mechanism of NOx formation
o reduce NOx in the combustor. However, the mechanism of NOx
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Table 1
The reactions and reaction rates used in the model

Reaction Reaction rate

HCN + 1
2 O2 → CNO k = 2.14 × 105 exp

(
−10000

T

)
RHCN = kCO2

CHCN(mol/m3 s) [80]

CNO + 1
2 O2 → NO + CO k2

k1
= 1.02 × 109 exp

(
−25460

T

)
RCNO–O2

= kCO2
CHCN

(
k1

k1+k2CNO

)
(mol/m3 s) [80]

CNO + NO → N2O + CO k = 2.14 × 105 exp
(

−10000
T

)
RCNO-NO = kCO2

CHCN

(
k2CNO

k1+k2CNO

)
(mol/m3 s) [80]

N2O + C → N2 + CO k = 2.9 × 109 exp
(

−16983
T

)
RN2OC = kN	d2

c CN2O (mol/s) [24]

N2O + CO → N2 + CO2 k = 5.01 × 1013 exp
(

−4.40×104

RuT

)
RN2O–CO = kCN2OCCO (mol/cm3 s) [24]

N2O + 1
2 O2 → N2 + O2 k = 1.00 × 1014 exp

(
−2.80×104

RuT

)
RN2O–O2

= kCN2OCO2
(mol/cm3s) [24]

NO + C → 1
2 N2 + CO k = 5.85 × 107 exp

(
−12000

T

)
RNOC = kN	d2

c CNO (mol/s) [80]

NO + 1
2 C → 1

2 N2 + 1
2 CO2 k = 1.3 × 105 exp

(
−17111

T

)
R2NOC = kN	d2

c CNO (mol/s) [23]

NO + CO → 1
2 N2 + CO2 KT = 1.952 × 1010 exp

(
−19000

T

)
k1 = 0.1826, k2 = 0.00786, k3 = 0.002531 RNOCO = KT

(
k1CNO(k2CCO+k3)
k1CNO+k2CCO+k3

)
(mol/m3 s) [80]

NH3 + 5
4 O2 → NO + 3

2 H2O k = 2.73 × 1014 exp
(

−38160
T

)
RNH3NO = kCNH3 CO2

(mol/m3 s) [80]

NH3 + 3
4 O2 → 1

2 N2 + 3
2 H2O k = 3.38 × 107 exp

(
−10000

T

)
k′ = 0.054 RNH3N2 = kCNH3

CO2
CO2

+k′ (mol/m3 s) [80]

NO + NH3 + 1
2 O2 → N2 + 3

2 H2O k = 1.1 × 1012 exp
(

−27680
T

)
RNONH3

= k
√

CO2

√
CNH3

√
CNO (mol/m3 s) [80]
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Inputs for the model are combustor dimensions and construc-
tion specifications (insulation thickness and materials), primary
and secondary air flow rates; coal feed rate and particle size

Table 2
Heat transfer equations used in the model

Bottom zone
h = 40(�b)1/2 [81]
�b = �(1 − ε) + Cε

Upper zone
aO +
O2 +

1
2 O2 →
aSO4

kL =
	
6 d3

s kvLCSO2
(1/s)

[9,72,73]

ormation is complex. NOx formations in combustion processes
esult from a combination of a thermal generation process and fuel-
itrogen oxidation. At very high temperatures, thermal generation
f NOx from the air nitrogen becomes very important, while at low
emperatures found in a CFBC, the dominant source of NOx is fuel-
itrogen oxidation [18–20]. Typically, significant amounts of the

uel-nitrogen remain in the char after the devolatilization. The oxi-
ation of this char-nitrogen gives an important contribution to the
otal nitrogen oxide emissions from the combustor. The mechanism
f char-nitrogen oxidation to the products is very complex, and
ncludes not only several homogeneous and heterogeneous reac-
ions but also mass transfer effects inside the pore system of the
har and in the boundary layer surrounding the particle [23]. In
he present study, fuel-NOx can be formed through: Combustion
f the nitrogenous species released with volatile matter (such as
CN, NH3), and oxidation of the nitrogen retained in the char. These

eactions, resulting in rapid formation of NOx, are most likely to
roceed in the bottom zone. Meanwhile, in zones with volume O2
oncentrations lower than 10–12%, the NH3 concentration is prob-
bly elevated due to the rapid formation of NH3 from HCN [77]
s well as because of the emission of NH3 released with volatiles
rom fuel particles present in these zones. In the upper zone (with
ower O2 concentrations) this may lead to NOx reduction through
ts reaction with NH3, followed by formation of nitrogen gas and
ater vapor, i.e. neutral products. The alternative mechanisms of
Ox reduction in the upper zone involve reactions of NOx with car-
on and CO on the char surface [78,79] which are highly probable
hen firing high-ash fuels. The chemical reactions with their corre-

ponding reaction rates for NOx emissions formation and retention
n the model are given in Table 1.

.3. Heat transfer

In the model, the overall heat transfer coefficient from bed to
all at the bottom zone is calculated by Basu and Nag [81]. In the
pper zone, based on the special hydrodynamics of the CFBC, the
luster renewal model of the bed to the wall heat transfer process

as been described in the literature [1,80]. The dilute phase is com-
rised of a continuous upflowing gas phase with thinly dispersed
olids and a relatively denser phase moving downward along the
eat transfer surfaces. The contact resistance between adjacent
aterials is ignored. The heat transfer equations used in the model

h

h

h

kvL = 490 exp −17500
RgT Sg�s (kg/m2 s) [28]

Sg = −384T + 5.6 × 104 T ≥ 1253 K
Sg = 35.9T − 3.67 × 104 T < 1253 K

re given in Table 2. The structure and details of the heat transfer
odel have been given in a previous study [82].

. Numerical solution

The model allows dividing the calculation domain into m × n
ontrol volumes, in the radial and the axial directions and in the
ore and the annulus regions, respectively. In this study the calcu-
ation domain is divided into 8 × 50 control volumes in the radial
nd the axial directions and in the core and the annulus regions,
espectively. With the cylindrical system of coordinates, a symme-
ry boundary condition is assumed at the column axis. At the walls,
partial slip condition is assumed for the solid and the gas phases

83]. Tsuo and Gidaspow [83] had successfully applied the two-fluid
odel with effective solid viscosity based on a solid stress modu-

us to describe core annular flow behavior in a riser. For two-phase
ow, two friction coefficients are obtained, one for the gas and one

or the solid. Modified Hagen-Poiseuille expression is used for wall
riction factor of gas phase and Konno’s correlation is used for wall
riction factor of solid phase in the model [34,44].

The set of differential equations governing mass, momentum
nd energy for the gas and solid phases are given in detail in a
revious study [34] and are solved with a computer code devel-
ped by the author in FORTRAN language where the time step is
0−6 s. The Gauss–Seidel iteration which contains successful relax-
tion method and combined Relaxation Newton–Raphson methods
re used for solving procedure. Details about solving procedure are
= εphp + εhg + εphr,p + εhr,g [1,80]

p = kg
dp

0.009 × Pr0.33Ar0.5 hr,p = �(T4
p −T4

wall
)

{(e−1
p −e−1

wall
)−1}(Tp−Twall)

g =
(

kg
dp

)(
cp
cg

)(
C
�

)0.3( Uter
gdp

)0.21
Pr hr,g = �(T4

g −T4
wall

)

{(e−1
g −e−1

wall
)−1}(Tg−Twall)
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Beypazari lignite, which is crushed and sieved to 900 �m average
particle size, is fed to the combustor and its properties are shown in
Table 3. Limestone sieved to 71–100 �m size is used as adsorbent. In
the experiments 20% excess air is used. A more detailed description

Table 3
Proximate and ultimate analysis of lignites

Beypazari lignite Can lignite Tuncbilek lignite

Proximate analysis (wt%)
Moisture 12.40 21.40 20.80
Ash 38.34 30.40 23.70
Volatile matter 26.41 25.50 27.50
Fixed carbon 22.35 28.59 41.30

Ultimate analysis (wt%, dry)
Fig. 3. Schematic diagram of the 50 k

istribution, coal properties, Ca/S ratio, limestone particle size dis-
ribution, inlet pressure and temperature, ambient temperature
nd the superficial velocity. The secondary air injection affects the
oncentration of oxygen, the bed voidage with increasing gas flow
ate, the velocity profiles of the gas and the solid phases and the
verall bed temperature. A continuity condition is used for the gas
hase at the top of the cyclone. The cyclone is considered to have
8% collection efficiency. The solids circulation rate is computa-
ionally determined by the inlet pressure and the operational bed
elocity (the superficial velocity). Simulation model calculates the
xial and radial distribution of voidage, velocity, particle size distri-
ution, pressure drop, gas emissions and temperature at each time

nterval for gas and solid phases both for dense bed and for riser.
hile investigating the effects of operational parameters, the mean

ed temperature value is considered as 850 ◦C.

. Comparison data

The comparison data are obtained from three different size
FBC, which use different kinds of low-grade Turkish lignites, the
0 kW pilot scale CFBC using Beypazari lignite, the 80 kW pilot scale

FBC using Tuncbilek lignite and industrial scale 160 MW CFBC
sing Can lignite (during the commissioning period). To test and
alidate the model presented in this paper, the same input vari-
bles in the tests are used as the simulation program input in the
omparisons.
t scale CFBC experimental setup [5].

Schematic diagrams of pilot scale CFBCs has shown in
igs. 3 and 4. In the pilot scale CFBC of 50 kW the riser is a cylinder of
2.5 cm i.d. and 130 cm combustor height [5]. Particles leaving the
ombustor are collected by a cyclone and recycled back to the com-
ustor by use of a fluidized bed feeding unit which has dimensions
f 10 cm × 14 cm × 10 cm. LPG is used to preheat the bed material.
C 38.31 66.10 59.29
H 3.03 5.50 4.61
N 1.11 2.25 2.10
S 3.72 8.40 1.81
LHV (MJ/kg, dry) 10.283 11.704 22.083
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ig. 4. Schematic diagram of the 80 kW pilot scale CFBC experimental setup [84,85].

f the experiment is given in Ozkan and Dogu [5]. The considered
arameters and computation conditions are given in Table 4.

In the pilot scale CFBC of 80 kW the riser is a cylinder of 12.5 cm
.d. and has 180 cm combustor height [84]. The solid materials car-
ied by combustion gases are returned to the main column by a
e-circulation bed with the dimensions of 10 cm × 14 cm × 10 cm.
he re-circulation bed is mounted with the main column at a level
f 37 cm above its distributor plate. The air split ratio between the
e-circulation bed and the riser is 1/5. Air from the re-circulation
ed to the riser is not a secondary air. The secondary air inlets are

ocated at 32 cm above the distributor. Natural gas is used to preheat
he bed material. Tuncbilek lignite, which is crushed and sieved to
0–900 �m average particle size, is fed to the combustor and its
roperties are shown in Table 3. Limestone sieved to 71–100 �m
ize is used as adsorbent. Silica sand and ash were used as bed
aterials. The weighted average particle sizes are determined to be

6 �m for sand particles. A more detailed description of the exper-
ment is given in Topal et al. [85]. The considered parameters and
omputation conditions are given in Table 4.
It must be noted that, the CFBCs used in the experiments men-
ioned above are small-scale pilot units. The operation velocity
nd the bed length of the system are designed to be 1.75 m/s and
.80 m for 50 kW CFBC, and between 1.86 and 2.92 m/s and 1.80 m

N
e
i
b

able 4
perating parameters of the experimental data referred to in this study

perating parameters 50 kW pilot scale combustor [5] 80 k

oal feed rate 15.1 kg/h 6–7.
peration velocity (m/s) 1.75 3.60
ed temperature (◦C) 850–900 860–
rimary/secondary air ratio 2/3 2/3
ed area (m2) 0.0122 0.01
ize of coal feed (mm) 0.03–0.90 0.03
ean size of sorbent feed (mm) 0.071–0.100 0.07
ig. 5. Comparison of model SO2 emission predictions with experimental data for
0 kW pilot scale CFBC [5] with regard to the Ca/S ratio (the uncertainty of mf is
.22% and SO2 is 2.6 ppm).

or 80 kW CFBC. However, in conventional CFBs these values are
–8 m/s and 6 m or above. As a result of hydrodynamic experi-
ents it is concluded that when operated at these values the system

eaches the CFB regime and can be classified as a lower velocity CFB.
The industrial scale CFBC of 160 MW (Can Power Plant) has a

ombustor of 700 cm × 1400 cm square cross-section and 3700 cm
eight [43]. The combustor has a square cross-section, but the

ower section has less cross-sectional area than the upper sec-
ion. The technical parameters of the CFBC are steam capacity of
85 t h−1, superheated steam temperature and pressure of 543 ◦C
nd 17.5 MPa, respectively. The secondary air ports are located at
00 cm from the distributor. Natural gas is used to preheat the bed
aterial. The design fuel for the bed is Can lignite, which is crushed

nd sieved to 100–9000 �m average particle size, is fed to the com-
ustor and its properties are shown in Table 3. Limestone sieved to
00–150 �m size is used as adsorbent. The operating parameters
f data used for the comparison of CFB model is shown in Table 4.

. Results and discussion

Fig. 5 presents the model predictions and experimental results
f the effect of Ca/S ratio on SO2 emission for 50 kW pilot scale CFBC.
etailed listing of the model input variables are given in Table 6. As
an be seen in the figure, the SO2 emission predictions are in good
greement with the experimental results for different Ca/S ratios.
s the figure displays an increase in the Ca/S ratio gives a significant

ncrease in the sulphur retention reached in the combustor. This
henomenon is also observed in the studies of Adanez et al. [9].

The increase of NOx emissions with combustor temperature is
bserved in Fig. 6 for 50 kW pilot scale CFBC, whereas below 800 ◦C

Ox emissions are rather low. Over 800 ◦C some increase in NOx

missions is observed. An increase in the combustor temperature
ncreased the carbon combustion efficiency and decreased the car-
on concentration due to the increase in the reaction rates. The

W pilot scale combustor [84,85] 160 MW industrial scale combustor [43]

7 kg/h 110–120 t/h
–9.23 4–6
900 850–900

2/3
22 98
–0.90 0.1–9.0
1–0.100 0.1–0.15
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Fig. 6. Comparison of model NOx emission predictions with experimental data for
50 kW pilot scale CFBC [5] with regard to the mean bed temperature (the uncertainty
of mf is 0.22% and NOx is 1.6 ppm).
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ig. 7. Comparison of model SO2 emission predictions with experimental data for
0 kW pilot scale CFBC [84,85] with regard to the excess ratio (the uncertainty of mf

s 0.18% and SO2 is 3.6 mg/Nm3).

eduction of NOx emissions is proportional to the presence of char
articles in the control volume and low char particle concentration
auses the increase in NOx emissions. On the other hand, these val-
es are still much less than the values reported for conventional
uidized bed combustors [5,85]. It is clearly seen from Fig. 6 both
xperimental data and model predictions show the close agree-
ent. Detailed listing of the model input variables are given in

able 6.
In Figs. 7 and 8, SO2 and NOx emissions based on 7% O2 in the flue

as for 80 kW pilot scale CFBC are plotted with respect to excess air

hich ranges between 35% and 80%. Detailed listing of the model

nput variables are given in Table 6.
The general tendency is for a decrease on the efficiency of SO2

emoval by limestone with an increase in excess air [36]. This

6

e

able 5
omparison of simulation results with 160 MW industrial CFBC test results [43]

ime (min) Coal feed (t/h) T (◦C) Err. NO

Model Data (%) M

30 119.1 798.50 807.1 1.06 9
60 119.0 798.79 809.1 1.27 9
90 116.9 800.36 812.4 1.48 9

120 116.3 798.59 814.9 2.00 9
150 116.0 798.40 812.3 1.71 10
180 118.4 798.26 805.5 0.89 9
210 113.8 804.01 809.3 0.65 9
ig. 8. Comparison of model NOx emission predictions with experimental data for
0 kW pilot scale CFBC [84,85] with regard to the excess ratio (the uncertainty of mf

s 0.12% and NOx is 1 mg/Nm3).

henomenon is explained by the fact that as the excess air value
ncreases, the mean bed temperature decreases due to higher heat
osses with increasing flue gas flow rates to the ambient. This causes
he reaction rate of char combustion to decrease, which leads to lim-
ts the liberation of the fixed sulphur as SO2. The same tendency is
bserved in model predictions (Fig. 7). In Fig. 8, the NOx emission
ecreases with increasing excess air as observed in both experi-
ental data and model predictions. Although the amount of oxygen

ncreases with increasing excess air, decreasing bed temperature
auses a negative effect on coal combustion efficiency which results
n lower levels of NOx formation [86,87]. Decreasing combustion
fficiency also causes higher carbon content in the combustor. Thus
he reduction rate of NOx increases (Fig. 8). Another explanation of
ecreasing SO2 and NOx emissions is the gas dilution caused by

ncreasing excess air.
For the 160 MW industrial scale CFBC, temperature, SO2 and NOx

missions response in flue gases simulation and test results at the
iser exit are compared at different coal feed rates and the results
re presented in Table 5. Detailed listing of the model input vari-
bles are given in Table 6. It is seen that the simulation results are
n good agreement with industrial scale CFBC data as well.

Model predictions are in good agreement with both industrial
nd small-scale CFBCs which is an indication that the model is flex-
ble enough to be used in different CFB applications and simulates
nder a wide range of operating conditions such as coal type, com-
ustor temperature, excess air ratio and Ca/S ratio. Moreover, both
xperimental data and model predictions show the close agree-
ent and have low and acceptable levels of gaseous emissions.
. Effects of operational parameters

In the present study, the variations of the overall SO2 and NOx

missions under different operational conditions such as excess

x (mg/Nm3) Err. SO2 (mg/Nm3) Err.

odel Data (%) Model Data (%)

7.90 97.1 0.82 1290.55 1290.9 0.020
6.90 95.9 1.03 1274.08 1272.4 0.130
7.56 98.7 1.14 1183.50 1184.9 0.110
2.52 92.7 0.18 1235.86 1235.5 0.020
2.03 102.5 0.45 1185.11 1184.9 0.010
8.95 98.7 0.29 1205.80 1204.0 0.140
9.06 98.2 0.87 1240.32 1240.2 0.009
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Table 6
Model input variables

Comparison
element

D (m) Hb (m) Inlet pressure
(atm)

Excess air (%) Superficial
velocity (m/s)

Coal feed
rate (kg/h)

Mean coal
particle size
(�m)

Mean bed
temperature (◦C)

Ca/S Mean sorbent
particle size (�m)

50 kW CFBC
SO2 0.125 1.3 1.12 20 1.75 15.1 900 850 1.1–1.4 71
NOx 0.125 1.3 1.12 20 1.75 15.1 900 740–855 1.3 71

80 kW CFBC
SO2 0.125 1.8 1.12 35–80 2.50 12.5 651 857 1.5 71
NOx 0.125 1.8 1.12 35–80 2.50 12.5 651 857 1.5 71

1
113.8
113.8

a
t
a
d

t

F

F
c

p

60 MW CFBC
SO2 0.125 1.8 1.12 20–40 6.70
NOx 0.125 1.8 1.12 20–40 6.70

ir (20–100%), bed operational velocity (4.15–6.50 m/s), coal par-

icle diameter (540–852 �m) and inlet bed pressure (1.6–2.2 atm)
re analyzed for the 80 kW pilot scale CFBC conditions with the
eveloped and validated 2D model with respect to these emissions.

Fig. 9 shows the effects of excess air and coal particle diame-
er on the overall SO2 emission in modeling results. Fig. 9 plots the

ig. 9. Effect of excess air ratio on the overall SO2 emission from the combustor.

ig. 10. Effect of operational bed velocity on the overall SO2 emissions from the
ombustor.
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redicted model results for three particle diameters (540, 600 and
50 �m) and for five excess air ratios (of about 20%, 40%, 60%, 80%
nd 100%). For this assumption inlet bed pressure is 1.2 atm and coal
eed rate is 7.20 kg/h. The SO2 generation rate from the char depends
n its combustion rate, which depends on the temperature, excess
ir, O2 concentration, etc. [72]. Although the amount of oxygen
ncreases with increasing excess air, decreasing bed temperature
auses a negative effect on coal combustion efficiency and limits
he liberation of the fixed sulphur as SO2. Fig. 9 shows the decrease
f SO2 emission with increasing excess air which is also observed
n the comparison of model predictions with experimental results
iven above (Fig. 5). Although the general tendency is for a decrease
n the SO2 emission as excess air increases, it is observed that the
ffect of excess air on the overall SO2 emission is not significant.
nother explanation of decreasing SO2 emission is the gas dilution
aused by increasing excess air. The decrease of SO2 emission with
ncreasing particle size may be explained as being a consequence
f the longer SO2 diffusion parts in larger particles.

Fig. 10 shows the effects of bed operational velocity and coal
article diameter on the overall SO2 emission in modeling results.
ig. 10 plots the predicted model results for three particle diameters
540, 651 and 852 �m) and for six bed operational velocity values
of about 4.15, 4.50, 5.00, 5.50, 6.00 and 6.50 m/s). For this assump-

ion inlet bed pressure is 1.6 atm and coal feed rate is 7.20 kg/h. The
ed operational velocity in the combustor is one of the basic design
ariables of the process. The reason is that with the increase of bed
perating velocity the hydrodynamic condition of the combustor

ig. 11. Effect of excess air ratio and inlet bed pressure on the overall SO2 emissions
rom the combustor.
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ig. 12. Effect of excess air ratio on the overall NOx emission from the combustor.

hanges. In Fig. 10, it is observed that SO2 emission decreases with
ncreasing the operational velocity which causes a decrease in the
esidence time of particles and so its combustion rates. This effect
s reversed after the value of 5 m/s (Fig. 10). As can be seen in the
gure, a further increase in the velocity decreases sulphur retention
ainly due to two effects. Firstly, it increases the coal throughput

ncreasing the SO2 generation and secondly, it increases circulation
ow rates of solids and thus decreases the mean residence time of

imestone particles and their conversion in the bed. Besides, parti-
le residence time decreases with decreasing coal particle size and
auses lower SO2 emission formation if other parameters are kept
nchanged.

Fig. 11 shows the effects of excess air and inlet bed pressure
alue on the overall SO2 emission in modeling results. Fig. 11 plots
he predicted model results for three inlet bed pressure values (1.6,
.9 and 2.2 atm) and for five excess air ratios (of about 20%, 40%,
0%, 80% and 100%). For this assumption coal particle diameter is

55.8 �m, bed operational velocity is 4.5 m/s and coal feed rate is
.64 kg/h.

As the inlet bed pressure value increases turbulence dissipa-
ion effect in the combustor, combustion in the bed becomes more

ig. 13. Effect of operational bed velocity on the overall NOx emission from the
ombustor.

i

i
d
S
fi
r
N
t
c
f

i
v
i
t
a
o
v
o

7

f
o

ig. 14. Effect of excess air ratio and inlet bed pressure on the overall NOx emission
rom the combustor.

ffective which results higher mean bed temperature and lower CO
mission values in flue gases (Fig. 11). It is observed that inlet bed
ressure value has positive effect on SO2 emission. Fig. 11 shows the
ecrease of SO2 emission with increasing inlet bed pressure value

f other parameters are kept unchanged. A bigger inlet bed pressure
alue will result in lower emission of SO2 as clearly seen from Fig. 11.
his is due to the turbulence dissipation effect which increases with
ncreasing inlet bed pressure value and causes a positive effect on
he mixing conditions.

As it is seen from Fig. 12, the NOx emission profile tends to fol-
ow the same trend as the SO2 emission profile. Increasing excess
ir results in lower levels of NOx formation which is generated due
o combustion efficiency decrease caused by lower bed tempera-
ure. Decreasing combustion efficiency also causes higher carbon
ontent in the combustor. Thus the reduction rate of NOx increases
Fig. 12). However, the effect of the excess air on the NOx emission
s more significant than to SO2 emission.

As the operational velocity increases particle residence time
n the combustor, char combustion rate and bed temperature
ecreases which results higher CO emission values in flue gases.
uspension density in the bed decreases with increasing super-
cial velocity. So, the contact time of NOx with char particle is
educed, thus reducing the rate of reduction of NOx. Therefore,
Ox emissions increase with the superficial velocity of the combus-

or (Fig. 13). The high fuel-N contents of the large size of particles
auses the high rates of NOx emission formation as it is clearly seen
rom Figs. 12 and 13.

Fig. 14 shows the decrease of the NOx emission with increasing
nlet bed pressure value. It is also observed that inlet bed pressure
alue has positive effect on the NOx emission due to the fact that
ncreasing inlet bed pressure value causes stronger turbulence in
he combustor which results in better mixing of particulate solids
nd gases. The inlet bed pressure value has a more significant effect
n NOx emission than to excess air ratio. A bigger inlet bed pressure
alue will result in lower emission NOx as it is the case with SO2 if
ther parameters are kept unchanged as clearly seen from Fig. 14.
. Conclusions

SO2 and NOx emissions are two major air pollutants released
rom a fossil fuel fired combustor. Using CFB combustion technol-
gy can decrease these pollutant gases in the production of energy.
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ased on previous work on dynamic 2D coal combustion modeling
f CFBCs, a modeling study of these pollutant emissions result-
ng from coal combustion in CFBCs is present in this study. Using
his model, overall SO2 and NOx emissions are predicted for the
ombustion of three different kinds of low-grade Turkish lignites.

The variations of the overall SO2 and NOx emissions under
ifferent operational conditions such as excess air (20–100%),
ed operational velocity (4.15–6.50 m/s), coal particle diameter
540–852 �m) and inlet bed pressure (1.6–2.2 atm) are analyzed
ith the developed and validated 2D model with respect to these

missions. As a result of this investigation, the general tendency is
or a decrease in the SO2 and NOx emissions as excess air increases.
he effect of the excess air on the NOx emission is more significant
han to SO2 emission. NOx emission increases with the operational
ed velocity while SO2 emission decreases. The inlet bed pressure
alue has positive effect on SO2 and NOx emissions. A bigger inlet
ed pressure value will result in lower emissions of SO2 and NOx if
ther parameters are kept unchanged. The inlet bed pressure value
as a more significant effect on NOx emission than to excess air
atio.

The present study proves that CFB combustion allows clean and
fficient combustion of low-grade coal which is demonstrated by
he fact that both experimental data and model predictions have
ow and acceptable level of SO2 and NOx emissions.
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